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A 1-D stationary reactor model describes the catalytic con®ersion of a gaseous hydro-
carbon fuel with air and steam to synthesis gas by autothermal reforming and catalytic
partial oxidation. The model defines two subsequent sections in the reactor: an up-
stream oxidation section and a downstream reforming section. In the oxidation section,
all of the oxygen is con®erted, with partial con®ersion of the fuel. An empirical fuel
utilization ratio is used to quantify which part of the fuel is con®erted in the oxidation
section as a function of the relati®e flows of air and steam. In the oxidation section, the
gas temperature rapidly increases toward the top temperature at the intersection with the
reforming section. In this section the temperature decreases while the fuel is further
con®erted with water and CO as oxidant. For methane as fuel, simulation results are2
compared with experiments. For multicomponent fuels such as natural gas and naph-
tha, application of the two-section model is described.

Introduction

Hydrogen is manufactured industrially from hydrocarbon
Žfuels either by steam reforming or by gasification Rostrup-

. ŽNielsen, 1993 . In steam reforming, the fuel in most cases,
.natural gas reacts with steam toward synthesis gas over a

Ni-based heterogeneous catalyst. Due to the endothermicity
of the steam reforming reaction, heat must be supplied to the
reactor through the reactor tube walls. Gasification is an au-
tothermal process in which the fuel is mixed with pure oxy-
gen and noncatalytically converted to synthesis gas. An exam-
ple of its industrial use is the Shell Gasification Process
Ž .Elvers et al., 1989 .

The recent surge in demand for on-spot, small-scale, cheap
and simple hydrogen production technologies based on hy-
drocarbon fuels is driven by the interest in fuel cells for elec-

Žtricity generation Docter and Lamm, 1999; Ahmed and
.Krumpelt, 2001; Moon et al., 2001 . Light hydrocarbon fuels,

such as natural gas, are envisioned for stationary applica-
Žtions, such as at the scale of a single household 1�5 kWe,

. Ž .kW electricity , while liquid fuels gasoline, naphtha have
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Žpotential for automotive applications 25�75 kWe; Service,
.1999 . To obtain a gas mixture that can be fed to a fuel cell,

the hydrocarbon fuel is first converted to synthesis gas in a
Ž .reformer. When a proton exchange membrane PEM fuel

cell is used, the synthesis gas must be further processed, first
in a water-gas-shift reactor, where CO is converted to CO2
and additional hydrogen is obtained, after which remaining

Ž .traces of CO are removed such as by selective oxidation
before the mixture is finally fed to the anode side of the fuel
cell.

For these applications, down-scaled versions of the gasifi-
cation and steam reforming processes are impractical. First

Žof all, downscaling is not very well possible especially for
.gasification and, otherwise, the resulting processes are too

bulky, expensive, and difficult to operate. However, an air-
based, autothermal catalytic fixed-bed technology, in which
the hydrocarbon fuel is mixed with air and steam, may result
in a small reformer that is safe and easy to operate and auto-
mate. Two technologies are available, derived from their in-

Ž .dustrial analogues. Autothermal reforming ATR , based on
mixing air in with the steamrfuel mixture, is an autothermal
adaptation of steam reforming. In the gasification process, it
is possible to replace the oxygen with air and use a catalyst
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instead of an underoxidized burner; this is catalytic partial
Ž .oxidation CPO . CPO has�within Shell�originally been

developed as a catalytic alternative for the industrial SGP
process. Originally intended for operation with pure oxygen,
it has been modified for use with air and steam to suit the
needs of fuel processing for fuel cells.

While the two technologies have a distinctly different ori-
gin, we are of the opinion that the two technologies have all
but merged, although CPO typically operates at low to zero

Ž .steam-to-carbon ratios such as SrC�1 , while ATR oper-
Ž .ates at a higher steam load SrC�1 . In ATR and CPO sev-

eral similar catalyst systems have been used and tested, such
as those based on supported precious metals. In both pro-
cesses the aim is to achieve the thermodynamic equilibrium

Žcomposition, which is determined by feed conditions com-
.position, temperature , pressure, and heat loss. These condi-

tions are optimized to obtain a maximum syngas yield in hy-
Ždrogen and carbon monoxide in the relevant yield figure,

CO is added to H , because of its conversion in the subse-2
.quent water-gas-shift reactor , as well as to minimize slip of

Žhydrocarbons especially methane levels can be significant at
thermodynamic equilibrium, dependent on exit temperature

.and amount of steam .
Comparing CPO with ATR, in CPO temperatures in the

catalyst bed tend to be higher and syngas yield somewhat
lower. However, premixing and preheating is more straight-

Ž .forward certainly for SrCs0 and reaction rates tend to be
Ž .higher higher space velocity possible . In any case, the choice

for the optimal airrfuel and steamrfuel ratio, as well as inlet
temperature and operating pressure, must be made at the
level of the entire fuel processor system.

It must be stressed that both in CPO and ATR the practi-
cal objective is to bring the mixture to thermodynamic equi-
librium. While there is no a priori reason why a catalytic pro-
cess could not be more selective towards syngas than what is
dictated by thermodynamics, the fact that CO and hydrogen
are so much more reactive with oxygen than the feed hydro-
carbon molecules makes this goal elusive. This reactivity bias
will in fact cause an ‘‘overshoot’’ of the reaction: excess
amounts of CO and water are produced at the ‘‘top’’ of the2

Figure 1. Gas-phase temperature in CPO/////ATR of meth-
ane.
The measured catalyst temperature at the upstream side is
assumed equal to the gas phase temperature at the intersec-

Ž .tion of the oxidation and reforming section 0, ‘‘top’’ .

Figure 2. Thermodynamic equilibrium in adiabatic oper-
(ation of air-based CPO of methane no steam,

)O /////C=0.5, air: 21 mol% O , 79% N , T =2 2 2 inlet
300�C.
Methane conversion and selectivities to CO and H as func-2
tion of pressure.

Ž .reactor see Figure 1 , after which thermodynamic equilib-
rium is approached via reforming reactions. Thus, if thermo-
dynamic equilibrium is not reached, there is both an excess
amount of CO and water, as well as an unnecessary slip of2
methane and higher hydrocarbons, both leading to a subopti-
mal syngas yield.

A second aspect of thermodynamic equilibrium is that for
Ž .operation at low air and steam flows relative to the fuel ,

such as done almost by definition in studies of ‘‘pure’’ CPO
Žof methane studies in which the O rCH ratio is set to 0.52 4

.and no steam is added, based on CH q0.5 O ™COq2H ,4 2 2
CH -conversion and CO- and H -selectivities are clearly be-4 2

Ž .low 100% unless operation is at a very high inlet tempera-
Žture or a very low pressure Dissanayake et al., 1991; Wang

.and Ruckenstein, 1999 . Results of thermodynamic calcula-
tions are shown in Figure 2 for adiabatic CPO of methane

Ž .without steam and with air O rCH s0.5 . In this case, only2 4
by decreasing the pressure to very low values is it possible to
obtain full methane conversion and 100% selectivity toward
H and CO. Thus, incomplete methane conversion and non-2

Ž .selective behavior at practical conditions T , P is not neces-
sarily due to a catalyst with poor selectivityractivity, but, in
many cases, a direct consequence of the thermodynamic

Žequilibrium Prettre et al., 1946; Chang and Heinemann, 1993;
.Bodke et al., 1998 . In practice this is well-known and to opti-

mize syngas yield and keep methane slip below a certain
Ž .threshold, more air andror water are added than the ‘‘pure

Ž .CPO’’ reaction suggests for example, Kramer et al., 2001 .
Thermodynamic equilibrium models required for the above

Ž .calculations both for CPO and ATR are readily available or
Ž .are rather easily set up, such as based on part of the equa-

Ž .tions used in this article Docter and Lamm, 1999 . However,
for reactor design and catalyst development, nonequilibrium
reactor modeling is required.

This article will focus on the development of a reactor
model that describes the approach to thermodynamic equilib-
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rium, thus reflecting the situation in practical reactors. Obvi-
ously, it is required that the model is thermodynamically con-

Ž .sistent at each reactor coordinate at each location . By this,
we mean that the equations that are used at each location to
describe the conversion of the off-equilibrium gas mixture

Žonly contain local parameters local temperature, gas compo-
.sition , but correctly predict the thermodynamic equilibrium

composition and temperature when given enough residence
time or space. To be practical, the model must contain a lim-

Žited number of fit parameters reaction orders, activation en-
.ergy, kinetic constants, and so on . Furthermore, the high up-

Ž .stream temperature top temperature that is observed in
ŽCPOrATR Prettre et al., 1946; Papp et al., 1996; Heitnes

.Hofstad et al., 1997; Wang and Ruckenstein, 1999 must be
Ž .an integral part of the model. Finally, atomic mass balances

and the enthalpy balance must be explicitly accounted for.
Several relevant modeling efforts for CPO without steam

Ž .and some also for CPOrATR with steam can be found in
Žliterature Hickman and Schmidt, 1993a,b; De Groote and

Froment, 1995, 1996; Deutschmann and Schmidt, 1998; Arena
.et al., 2000; De Smet et al., 2000, 2001 , some based on effec-

tive rate equations, others on detailed descriptions of trans-
port to the catalyst surface and reactions at the surface. Al-
though several of these models contain some of the elements
that are discussed above, we could not find a model that we
could confidently use for our objectives.

Based on the above objectives, we set up a reactor model
for synthesis gas formation in ATR and CPO processes. Our
focus here is on methane, but it is explained how the model
can be adapted to multicomponent fuels such as natural gas

Ž . Žand naphtha. A one-dimensional 1-D and stationary time-
.independent model is set up that does not describe mass

transfer to the catalyst surface or reaction at the catalyst sur-
face in any detail, but is based on effective rate equations

Ž .expressed in gas-phase properties such as Eq. 9 which makes
it more straightforward to arrive at a thermodynamically con-
sistent reactor model. For the existing models in literature
that contain detailed descriptions of surface reactions in the
form of reaction networks, it is only possible to be thermody-
namically consistent when enthalpy and entropy of each of
the possible surface species are considered, when the en-
thalpy balance is expanded to include all of these surface
species and when each adsorption, surface reaction, and de-

Žsorption step contains a driving force-term such as the term
.within brackets in Eq. 9 based on equilibrium of that specific

Žstep the equilibrium constant in the driving force-term K isi
temperature-dependent, at least for each adsorption and de-

.sorption step .
In the model we only consider convective transport of mass

and heat in the axial coordinate, which is possible because in
ŽCPO and ATR both autothermal processes, in contrast to
.steam reforming heat transfer in a perpendicular direction is

Ž .negligible only due to heat loss . Dispersive transport of mass
Ž .and heat in axial direction are also neglected because of the
Ž .high gas space velocities. We use a stationary model be-

cause it needs to be practical, and we aim at describing sta-
tionary laboratory-scale experiments and using the validated
reactor model for design purposes. Instationary aspects are
important during startup, shutdown and load-change, but
these periods are short in CPO and ATR that operate at a
high space velocity.

The model divides the reactor into two subsequent sec-
Ž . Ž .tions. The first upstream section is the partial oxidation

section where all oxygen is converted with part of the fuel
and the highest ‘‘top’’ temperature is reached. This section is
followed by the reforming section in which the remaining fuel
is further converted with water and CO as only possible oxi-2

Ž .dants to arrive at thermodynamic equilibrium see Figure 1
Ž .Zhu et al., 2001 .

ŽIt is well-known that oxygen conversion in the oxidation
.section is very fast. Based on a kinetic analysis, Zhu et al.

Ž .2001 estimate the oxidation section to be a few percent of
Ž .the total reactor, while Kramer et al. 2001 estimate the oxi-

dation section to comprise some 10% of the total reactor vol-
ume, based on mass-transfer limited transport in the oxida-
tion section. In the present model we do not assign reactor
space to the oxidation section and focus on the reforming
section.

Ž .At the end of the oxidation section top , the crude syngas
Ž .contains all components CO, CO , H and H O , as well as2 2 2

part of the fuel, but no oxygen. The fraction of the fuel that
is converted in the oxidation section is the ‘‘fuel utilization

Ž . Žratio’’ UT . A high fuel utilization ratio for a given amount
.of air and steam means that large amounts of CO and H2

are formed in the oxidation section, resulting in low top tem-
peratures; a low value for UT results in high top tempera-
tures and large amounts of CO and H O formed in the oxi-2 2
dation section. In the latter case, more fuel is unconverted in
the oxidation section and must be converted in the reforming
section. For both reasons, a high value of UT is favorable for
CPOrATR performance. Note that the fuel utilization ratio
is equal to one over the oxygen usage ratio in Kramer et al.
Ž .2001 .

The fuel utilization ratio depends on the relative amounts
of air and steam premixed with the fuel, and obviously de-
pends on the rates by which the oxygen and the fuel are
transported to the surface, adsorb, and react. When the rate

Ž .of transport and adsorption of the fuel methane is in-
Ž .creased relative to that of oxygen , the fuel utilization ratio
Ž .increases Kramer et al., 2001 .

The fuel utilization ratio is calculated from the catalyst
temperature at the upstream side of the catalyst bed using an
optical pyrometer and applying the appropriate mass and en-

Ž .thalpy balances see Results and Discussion . When deriving
the fuel utilization ratio from the measured temperature, it is
assumed that, at the end of the oxidation section, the tem-

Žperatures of gas and catalyst are equal the ‘‘top tempera-
.ture’’ and that they coincide with the measured upstream

Ž .catalyst temperature see Figure 1 . Our experimental obser-
vations indicate that this assumption is valid. Such a constant
catalyst temperature throughout the oxidation section can be
explained when the oxidation reaction is effectively heat- and

Ž .mass-transfer limited, when under CPOrATR conditions the
Chilton-Colburn analogy holds and when the Lewis number
Ž .the dimensionless ratio between mass and heat diffusivity is
equal to unity. This case is argued further in Kramer et al.
Ž .2001 . The assumption that the gas phase has the same tem-
perature as the catalyst at the intersection of the oxidation

Ž .and reforming section at the top, see Figure 1 is reasonable
given the high heat- and mass-transfer rates, but can also be
underpinned by the fact that, in the oxidation section, the gas

Žis colder than the catalyst the exothermic reactions take place
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on the catalyst surface while the gas is heated up by hot
. Žmolecules coming off the surface , while, in the endother-

. Ž .mic reforming section, the catalyst should be somewhat
cooler than the gas. At the intersection of the exothermic
and the endothermic regions the temperature of the catalyst
and the gas phase should be the same.

Ž .In the model it is assumed that the water-gas-shift WGS
equilibrium is established at each location in the reforming

Žsection thus also at the top where the reforming section
.starts . That the WGS-equilibrium is established is quite of-

ten reported in work on steam reforming and dry reforming
ŽBodrov et al., 1964; Soliman et al., 1992; Papp et al., 1996;

.Hou and Hughes, 2001 . Also, in experiments with partial fuel
Ž .conversion but complete oxygen consumption , we find that

the syngas from the reformer is at or close to the WGS-equi-
librium. It must be noted that assuming that the WGS-equi-
librium is established is not a critical assumption in the cur-
rent model because of the following reasons: the reaction en-

Žthalpy of the WGS-reaction is not very large small influence
.on enthalpy balance and the reaction rate equation that is

used for the fuel in the reforming section, as well as the syn-
gas yield-number, are independent of whether the WGS-

Žreaction is at equilibrium or not for the syngas yield, CO and
.H are added together .2

In the Theory section the model for CPO and ATR is ex-
plained in detail for methane as fuel, and for natural gas and
naphtha. In the Results and Discussion section, simulation
results are presented that are representative of our experi-
ence for CPO and ATR of methane.

Theory
Inputs

The two-section model describes the catalytic conversion
of methane mixed with air and steam. The inlet molar flows

w x� � � molrs are known, as well as the inletCH4,0, air,0, water,0
w x w x Žtemperature, T K and the system pressure, P Pa ab-0

.solute pressures are used throughout . It is assumed here that
Ž .the fraction of O in air is � namely, � s0.2095 , and the2

Ž .remainder is N , thus � s� �� and � s 1y� �2 O2,0 air,0 N2,0
� The humidity of air is neglected as well as Ar, CO ,air,0. 2
and so on. The oxygen-to-carbon ratio is �s� � andO2,0r CH4,0,
the steam-to-carbon ratio is � s� r� . SimulationsH2O,0 CH4,0
are based on a fuel flow of � s10 mmolrs, which corre-CH4,0

Ž .sponds to 8 kWh heating value and �3 kWe produced in
the fuel cell, which is typical of the scale of a single house-
hold.

The reactor model consists of a description of the oxida-
tion section in which all oxygen is converted, as well as part
of the methane. This conversion is considered to be ex-
tremely fast; thus, the catalyst volume required is negligible.
The exit of the oxidation section is called the ‘‘top’’ having a
certain gas composition and a top temperature. The top is
the virtual intersection of the oxidation section and the re-
forming section. In the model, the entire catalyst volume is
assigned to the reforming section.

Heat loss can be implemented in both sections. For the
Žoxidation section, it must be an algebraic expression as a
.function of the top temperature, surface area, and so on or a

w xconstant number, Q W . Heat loss in the reforming sectionox

is a function of the local temperature and is implemented in
Ž .the differential enthalpy balance, Eq. 12.

Simple relations
Some simple relations that will be used without further ref-

w xerence are summarized here. Molar flows � molrs are re-i
lated to the total flow, � by � s x �� , with x the molartot i i tot i

w xfraction molrmol . Thus, � s � and x s1. At theÝ Ýtot i i
i i
Žinlet, i runs over max. four species CH , O , N and possi-4 2 2

.bly H O and over six species at the top and in the reforming2
Ž .section CH , CO, CO , H , H O and N . Partial pressures4 2 2 2 2

w xp Pa are related to the total pressure P by p s P andÝi i
i

p s x �P.i i

Thermodynamics
The relevant thermodynamics that is included in the oxida-

tion section and reforming section is summarized in a general
w Ž .x w Ž .xform. Enthalpy H Jr mol and entropy, S Jr mol �K of ai i

certain component i are a function of the local temperature
Ž .T see Appendix A .

Ž .The two relevant reactions are the water-gas-shift WGS
reaction

COqH OlCO qH2 2 2

Ž .and the methane-steam-reforming MSR reaction

CH qH OlCOq3H4 2 2

For each reaction, the equilibrium constant K is given byi

	 i1 pi
K s exp y 	 H yT 	 S s 1Ž .Ý Ý Łi i i i i �ž / ž /ž /RT Pii i

with 	 the stoichiometric constants in the reaction and P�
i

s101.3 kPa. For the two reactions the result is

1
K sexp y H qH yH yHŽ .ŽWGS H CO 2 CO H 2O2ž RT

yT S qS yS yS sŽ ..H2 CO2 CO H2O /
p �p x �x � ��H2 CO2 H2 CO2 H2 CO2s s s 2Ž .
p �p x �x � ��H2O CO H2O CO H2O CO

1
K sexp y 3�H qH yH yHŽ .ŽMSR H 2 CO CH 4 H 2Ož RT

yT 3�S qS yS ySŽ ..H2 CO CH4 H2O /
2 23 3p �p 1 x �x PH2 CO H2 COs s� �ž / ž /p �p P x �x PH2O CH4 H2O CH4

23� �� 1 PH2 COs 3Ž .�2 ž /� �� P�H2O CH4 tot
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Atomic balances are based on the fact that at stationary
conditions, and for a 1-D reactor model, at each location, the

Ž . Žmole flow of each atom C, H, O, N is constant thus equal
.to the inlet 0 conditions . Thus, at each location j, the bal-

ances for C, H, O and N are

� s� q� q�CH4,0 CH4, j CO , j CO 2, j

� � 4q2�� s4�� q2� � q�Ž . Ž .CH4,0 CH4, j H 2, j H 2 0 , j

� � 2��q� s� q2�� q�Ž .CH4,0 CO, j CO 2, j H 2O , j

� s� 4Ž .N2,0 N2, j

Oxidation section
In the oxidation section, kinetics are not considered, but a

set of algebraic equations describes the conditions at the exit
Ž .of the oxidation section the top , which is the intersection

with the downstream reforming section. The top temperature
ŽT and the individual gas flows � � �top CH4,top, CO,top, CO2,top,

.� � � are unknown. At the end of the oxi-H2,top, H2O,top, N2,top
dation section, oxygen has already vanished. Seven equations
are required. We have the WGS-equilibrium, Eq. 2, the four
Ž .atomic mass balances, Eq. 4, and the enthalpy balance

H �� s H �� qQ 5Ž .Ý Ýi ,T i ,0 i ,T i ,top ox0 top
i i

Ž .with Q the heat loss in the oxidation section W , which canox
be made an explicit function of T , T , surface area, and so0 top
on.

Finally, we introduce the fuel-utilization ratio UT , which
describes which part of the fuel is converted in the oxidation
section. UT is a function of process conditions, catalyst for-
mulation, and structure. For a specific catalyst, we have de-
rived the empirical function

UTsy1.6492�� 2q2.664��y0.2348y0.033�� 6Ž .

from experiments with methane at T �400�C and Ps1700
ŽkPa in a wide range of values for � and � being, respec-

.tively, the oxygen-to-carbon and steam-to-carbon ratio . In
these experiments the top temperature was measured and the
above model was used to derive the appropriate UT-value.
Equation 6 is a very accurate description of these data.

Using Eq. 6, � is given byCH4,top

� s 1yUT �� 7Ž . Ž .CH4,top CH4,0

Note that this set of equations does not explicitly describe
Žthe selectivities to H and CO relative to the formation of2

.H O and CO . However, selectivities can be directly calcu-2 2
Žlated from the oxidation-model based on Eq. 6, atom and

. Ženthalpy balances and the WGS-equilibrium . In general for
.a given � and � , the higher UT , the more selective the oxi-

dation section and the lower the top temperature.

Reforming section
Transport and reaction in the reforming section are de-

scribed by a plug-flow model. The four atomic balances are

used, as well as the enthalpy balance and the WGS-equi-
librium. One differential mass balance is required to obtain a
1-D, stationary, plug-flow model for the reforming section.
Ideally, this is a mass balance in one of the rate-limiting reac-

Ž .tants, typically in the fuel component but not necessarily so .
Indeed, we will use a differential mass balance that describes

Žthe conversion of methane. Based on literature Akers and
Camp, 1955; Bodrov et al., 1964; Ridler and Twigg, 1989;

.Rostrup-Nielsen, 1993; Steghuis et al., 1998 and our own ex-
perience, a power law rate equation is proposed for the re-
forming of methane that is first order in the partial pressure
of the fuel component, methane. A first order rate equation
in the fuel is compatible with the idea that mass transfer,
adsorption or dissociation of the fuel is rate limiting.

At stationary conditions, a differential mass balance over a
‘‘slice’’ in the reforming section results for component i in

d�i sR �S 8Ž .idz

w 2 xwith S the cross-sectional surface area m , z the reactor
w x w xcoordinate m , � the mole flow of i molrs and R the for-i i

w Ž 3 .xmation rate of i molr m �s .
For methane conversion, the following effective rate equa-

tion is proposed based on a first-order dependence on the
Žpartial pressure of methane and an empirical term in be-

.tween brackets that is based on local partial pressures and
Ž .via K on the local temperature, which describes howMSR
closely thermodynamic equilibrium has been approached. The
result is

3p �p 1H2 COyE rRTAR sya�k �e p 1y 9Ž .CH4 0 CH4 � 2K �p p PMSR CH4 H2O

Ž 2in which a is the specific surface area a m of active phase
3 .per m of reactor volume , which is a function of the amount

of active phase and details of catalyst preparation, form, and
structure; k is the pre-exponential kinetic number, E the0 A

w xactivation energy Jrmol of the reaction, and R is the gas
w Ž .xconstant Jr mol �K . The activation energy of reforming re-

actions is often reported to be in the 100 kJrmol-range: Hou
Ž . Žand Hughes 2001 suggest E s100 kJrmol based on theirA

. Ž .Figure 4 and E s95 kJrmol Figure 12 , while Steghuis etA
Ž .al. 1998 measure E s105�114 kJrmol. K is a directA MSR

function of the local temperature and is given by the first
equality in Eq. 3.

Because the WGS-equilibrium is assumed to be estab-
lished throughout the reforming section, the driving force

Ž .term between brackets based on the MSR-reaction can be
Ž .rewritten to a form based on the dry reforming DR equilib-

Ž .rium CH qCO l2 �COq2�H or to a form based on any4 2 2
of the other possible reactions of methane with water and
CO . All give exactly the same result.2

Equation 9 is implemented in Eq. 8, while partial pressures
are recalculated to flows � . Furthermore, z and S are re-i

w 3xplaced by the catalyst volume V m and a dimensionless
reactor coordinate 0� L� �1, z�SsL��V. Finally, the group
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w Ž .xa�k �V is replaced by 
 molr Pa�s , resulting in0

3d� p �p 1CH4 H2 COyE rRTAsy
e p 1y ™CH4� � 2dL K �p �p PMSR CH4 H2O

d�CH4 yE rRT y1Asy
e P� �CH4 tot�dL

23� �� P 1H2 CO
� 1y 10Ž .� 2ž /K �� �� P �MSR CH4 H2O tot

Note that Eq. 10 does not directly specify whether methane
reacts with water or CO , nor does it specify the products; it2
only describes the conversion rate of methane. However, in
conjunction with the WGS-equilibrium and the atom bal-

Ž .ances Eqs. 4 , the conversion rates of all other components
are fixed at each location L�.

Finally, the differential enthalpy balance is given by

dÝ H �i i i �syU�P � TyT 11Ž . Ž .Rdz

Here, an engineering heat-transfer relation is used for heat
loss through the wall of the reactor. U is an effective heat-

w Ž 2 .x �transfer coefficient Wr m �K , T is a representative tem-
Ž .perature outside the reactor, and P is the perimeter m .R

Multiplying each side by VrS and replacing U�P �VrS by �R
w xWrK results in

dÝ H �i i i �sy�� TyT 12Ž . Ž .�dL

At each location, that is, at each L�-value, the two differ-
Ž .ential equations Eqs. 10 and 12 , are solved, as well as the

Ž . Ž .four atom balances Eqs. 4 , the WGS-equilibrium Eq. 2 ,
and the first equality in Eq. 3. Because the temperature T
changes as a function of L�, all terms H , S , K , andi i WGS
K change with L�, as well as all � ’s and � ; P, � , 
,MSR i tot
and T� are constant throughout.

Coke formation
From separate thermodynamic calculations one can derive

the following inequality that predicts below what critical tem-
w xperature, T K , coke formation is thermodynamicallycritical

expected

2T s3.1368� ln A y45.791 ln A q973.51Ž . Ž .Ž .critical

p x P� � P�
CO 2 CO 2 CO 2�with As P s s � 13Ž .tot2 2 2P Pp x �CO CO CO

After having determined the thermodynamic equilibrium
gas-phase composition assuming zero coke formation, Eq. 13
can be used to check whether that assumption was correct.
Coke formation is not predicted in the relevant cases for

ATRrCPO we considered, with the equilibrium temperature
of the synthesis gas typically �100 K above that required for
coke formation. This is in alignment with our experiments in
which coke formation in the reactor is not observed under
normal operating conditions.

Natural gas
The model for ATRrCPO of methane can be extended to

describe the conversion of natural gas�if methane makes up
the majority of the hydrocarbons in the natural gas, which is
generally the case. The two-section model for methane can
be used as long as we assume that all hydrocarbons except

Žfor CH are consumed in the oxidation step Akers and4
.Camp, 1955 . The parameters � and � required in Eq. 6 are

best defined relative to the total inlet hydrocarbon flow, � :C,0
�s� r� and � s� r� with � given by aO2,0 C,0 H2O,0 C,0 C,0
summation over all hydrocarbons

� sÝ C �� 14Ž .C,0 i i C ,0i

Žwith C the C-number of component i such as Cs2 fori
.C H . Further, Eq. 7 must be replaced by2 6

� s 1yUT �� 15Ž . Ž .CH4,top C ,0

Naphtha and other multicomponent fuels
Naphtha is a complex mixture of components mainly in the

C �C range. Instead of dealing with each component sepa-5 12
rately, it is possible to simplify the analysis by proper averag-
ing. For example, a fuel mixture of 25 mol. % toluene, 25%
methylcyclohexane, 25% n-heptane, and 25% iso-octane can
be summarized by the formula C H with the enthalpy7.25 14
function Hsy6�10y5�T 3q0.2638 � T 2q15.249�T y153627
w xJrmol correct within �1% in the relevant temperature range

w x298�T K �1,400.
A reformer model for naphtha can be derived from the

methane two-section model. For the oxidation section, a uti-
lization-function for naphtha must be used which is not nec-
essarily the same as Eq. 6, as well as an additional equation

Žfor the formation of methane and other hydrocarbons al-
though methane is the most relevant one; the formation rates
of higher hydrocarbons are negligible with ppm- or ppb-levels

.in the equilibrium mixture . Methane formation in the oxida-
tion section can be set to zero, � s0, or an equilibriumCH4,top
can be used, such as the MSR-equilibrium or the dry reform-

Ž .ing equilibrium DR .
In the reforming section a differential mass balance for

Ž .naphtha conversion such as first order in naphtha replaces
Eq. 10. A driving force-term, such as used in Eq. 10 is not
required, as, at thermodynamic equilibrium, naphtha-conver-
sion is complete. For methane formation, the MSR- or DR-
equilibrium can be used or a reaction rate equation, such as

Žbased on the methanation mechanism with the rate depen-
.dent on the partial pressures of CO and H . We find that2

Žthe DR-equilibrium is in many cases established at the exit
.of the reactor and use the DR-equilibrium in the reforming

section.
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Results and Discussion
In the first part of Results and Discussion, experimental

results of the conversion of methane in ATRrCPO are com-
pared with predictions of the two-section model. In the sec-
ond part somewhat other parameter settings are used and
simulation results are presented for top temperature and
methane conversion behavior.

Two remarks must be made with respect to methane con-
version � and utilization UT. First, whereas � is the ‘‘actual’’
conversion measured at the end of the reactor, thus at the
end of the reforming section, the fuel utilization ratio UT is
actually equal to the methane conversion at the end of the

Ž .oxidation section 0�UT �1 . The difference between UT
and � is a measure of the fuel conversion in the reforming
section.

Second, in CPOrATR of methane, the methane conversion
Ž� is directly related to the syngas yield Y mole flow of pro-

duced COqH divided by the mole flow of CH fed to the2 4
.reactor . This relation follows from a combination of the atom

balances for C, H, and O, and is given by

Ys4�� y2�� 16Ž .

Ž .in which � is the methane conversion 0�� �1 and � is
Ž .the molecular oxygen-to-carbon ratio. Thus, methane con-

version results can be recalculated directly to syngas yield
numbers. Equation 16 can be used to calculate the actual

Ž .syngas yield based on � , the syngas yield after the oxidation
Ž .section based on UT , and the maximum attainable syngas

Žyield based on the conversion at thermodynamic equilib-
.rium .

Comparison of two-section model with experimental results
Experimental data for top temperature and methane con-

version are presented for a system pressure of 170 kPa and
an inlet temperature of T �400�C in Figure 3 and Figure 40
for different values of the oxygen-to-carbon ratio � , and the
steam-to-carbon ratio � . Each experiment is analyzed indi-
vidually and a different heat loss is calculated for each exper-
iment by the difference of the total enthalpy leaving and en-

Žtering the reactor inlet temperature measured using a ther-
mocouple; exit temperature by assuming the WGS-equi-

.librium; exit composition based on GC-analysis . In the anal-
ysis the heat loss is completely assigned to the oxidation sec-
tion; therefore, Q of Eq. 5 can be measured. In the analysisox

Ž .of the data Figures 3 and 4 heat loss in the reforming sec-
Ž .tion is set to zero � in Eq. 12 set to zero . Due to the fact

that the heat loss is different for each experiment, the lines
Ž .for top temperature Figure 3 , conversion, and thermody-

Ž .namic equilibrium Figure 4 are somewhat jagged. The heat
loss was in all cases small compared to the total energy con-

Ž .tent in combustion of the entire gas flow.
ŽFrom each experimental value of top temperature symbols

. Ž .in Figure 3 , the utilization of methane UT can be calcu-
Ž .lated circles in Figure 4 using the oxidation model that is

based on atom balances, the enthalpy balance, and the
ŽWGS-equilibrium that is, given these constraints, only for

one value of UT is the measured top temperature, at the exit
.of the oxidation section, obtained . The top temperature de-

creases when the amount of air is reduced or the amount of

Ž .steam is increased. The empirical utilization function Eq. 6
Ždescribes these data quite well see the lower solid lines in

.Figure 4 . Using Eq. 6 and the other elements of the oxida-
tion model, the top temperature can be back-calculated. The
result is plotted as the solid lines in Figure 3. For the highest
oxygen-to-carbon ratio �s0.59, the prediction is accurate;
for the two lower oxygen-to-carbon ratios, the prediction is
less accurate but is certainly showing the right trends.

Ž .The data for methane conversion, � squares are pre-
sented in Figure 4 together with the predicted conversion at

Ž .thermodynamic equilibrium upper solid lines . By adjusting
Ž Ž .
 and E given a suitable form of the rate equation Eq. 10 ,A

Ž .the two-section reactor model dashed lines can be fitted to
the methane conversion data.

For each oxygen-to-carbon ratio � , the difference between
Žthe utilization UT and the actual conversion � the differ-

.ence representing the conversion in the reforming section
Ž .first increases with � starting from � s0 , but above a cer-

Ž .tain �-value 0.5�0.75 becomes constant: UT and � decrease
simultaneously as if the conversion in the reforming section
becomes independent of � . The constant difference of � and
UT increases with � , namely from �-UTs0.17 at �s0.42
to 0.20 at �s0.52 and 0.23 at �s0.59. Although the gap
between UT and � remains fairly constant for a given � and

Ž .for enough steam above � �0.5�0.75 , the gap between UT
and the thermodynamically attainable conversion increases
with increasing amounts of steam, � .

ŽFor each value of � �s0.42 in Figure 4a, �s0.52 in
.Figure 4b, and �s0.59 in Figure 4c , thermodynamic equi-

Ž .librium conversion upper solid line was reached at the end
of the reforming section for zero steam addition � s0. With
increasing amounts of steam, the actual conversion � first
increases, then levels off and finally starts to decrease. This
occurs while the thermodynamically attainable conversion
continuously increases with � . As a consequence, the gap be-
tween the actual conversion � and that what is thermody-
namically attainable increases with � . Interestingly, the gap
between the actual conversion � and thermodynamic equilib-

Figure 3. Top temperature in ATR/////CPO of methane.
Different steam-to-carbon ratios � and oxygen-to-carbon ra-
tios � . T � 400�C, Ps150 kPa, varying heat loss. Lines are0
predictions of the oxidation model.
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rium is about the same for each value of the oxygen-to-carbon
ratio � , although both values strongly increase with � .

That thermodynamic equilibrium is only reached at low to
zero steam loads and is due to the decreasing utilization in
the oxidation section and the lower reaction rates in the re-
forming section when � is increased. The lower reaction rate
is due to the lower temperatures throughout the reforming
section, and the higher total gas-flow rate � , resulting in atot
lower methane partial pressure. Both effects are due to the
presence of the additional steam. Thus, the thermodynamic

Žadvantage of adding more steam if available at a low cost at
. ŽT can only be attained with more catalyst or at a lower0

.space velocity .
As discussed, the gap between the actual observed conver-

sion, and the potential, thermodynamically attainable, con-
version does not depend much on the oxygen-to-carbon ratio
� . This shows that several opposing mechanisms occur simul-

taneously: although reactor temperatures are much higher at
Ž .the high air-load high value for � , the methane partial

pressure is decreased due to the additional nitrogen, while
Žthe actual conversion required in the reforming section to

. Žkeep the gap constant increases with � from �0.17 at �s
.0.42 to �0.23 at �s59 .

Further simulations
For other parameter settings, simulation results are pre-

sented in Figures 5�7. Figure 5 focuses on the oxidation sec-
tion and shows the top temperature and methane utilization
as a function of the oxygen-to-carbon ratio � . The top tem-
perature is plotted on the lefthand y-axis and increases with
more oxygen and less steam. The utilization is plotted on the

Ž .righthand y-axis dashed lines and, as in Figure 4, increases
with more oxygen and less steam. Again, as in Figure 4, the
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Figure 5. Oxidation Section in ATR/////CPO of methane.
Variation of oxygen-to-carbon ratio � and steam-to-carbon
ratio � . Top temperature on left y-axis. Thermodynamic

Ž .conversion solid lines on right y-axis , as well as the fuel
Ž .utilization dashed lines . T s 400�C, Q s 0 W, Ps1500 o x

kPa.

Žmaximum, thermodynamically attainable, conversion solid
.lines increases with more steam and oxygen. For the pres-

Žsure of 150 kPa, only for sufficient amounts of oxygen in this
.case, for � �0.6 is the thermodynamic methane conversion

close to 100%. For a lower � , the thermodynamic, maximum,
fuel conversion is significantly reduced and most significantly

Ž .without steam � s0 .
Figure 5 indicates once more that, with more steam, the

Ž .utilization conversion in oxidation section decreases while
Ž .the attainable maximum conversion increases: more fuel

must be converted in the reforming section.
Simulation results of the development of temperature and

methane conversion through the reforming section are pre-
sented in Figure 6. Methane conversion is directly coupled to
syngas yield using Eq. 16. The top temperature is higher
without steam, which is one reason why conversion is already
complete at L� �0.3. For � s1.6, methane is converted along
the entire reactor coordinate, with thermodynamic equilib-
rium not yet reached at L�s1.

Comparing � s0 and � s1.6 shows that, for � s1.6, more
catalyst is required to arrive at thermodynamic equilibrium,
but that the methane conversion and syngas yield associated

Ž .with equilibrium are higher q1.5% and q1%, respectively
than at zero steam load.

In case of heat loss through the reactor wall � �0, the
situation becomes more complicated, and it is possible that,
for a low � , resulting in fast reactions and low catalyst vol-
umes, the optimum L� corresponds to a higher methane con-

Ž .version thus, a higher syngas yield . Figure 7 shows that, for
� s0, the maximum methane conversion is found at L� �
0.14 and is 95.7%, whereas, for � s1.6, the maximum
methane conversion is 91.5% at L� �0.63. This behavior is
opposite to what is predicted for thermodynamic equilibrium
and without heat loss, in which case methane conversion is

Ž .higher for � s1.6 than for � s0 see Figure 6 . In the de-
Ž .creasing portions of the conversion curves Figure 7 thermo-

dynamic equilibrium has already been rather well-estab-

( )Figure 6. Temperature profile a and methane conver-
( ) �sion b as a function of reactor coordinate L

for two steam-to-carbon ratios � .
ŽThe circle shows the equilibrium value for � s1.6 � s 0.57,

P s 150 kPa, � s 10 mmolrs, T s 400�C, 
s 0.10CH4,0 0
Ž . .molr Pa�s , E s100 kJrmol, Q s 0 W, � s 0 WrK .A o x

lished, but due to heat loss, the temperature decreases and
Ž .methane is formed again methanation .

Conclusions
A two-section reactor model describes several key features

Ž .of fuel conversion in autothermal reforming CPO and ATR
based on air and steam, such as the high upstream tempera-
ture, as well as the decreasing temperature throughout the
reforming section. The model can be fitted to data to obtain
an optimum value for the kinetic constant, activation energy,
and reaction order. For a given amount of catalyst and with
increasing steam loads, the temperature in the reactor de-

Žcreases, and the methane conversion and yield of hydrogen
.and CO first increases and then decreases, while the conver-

sion that is thermodynamically feasible continuously in-
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Figure 7. Methane conversion with heat loss in the re-
forming section, as function of � and L�.
�s1 WrK, T �s298.15 K, all other data see Figure 6.

creases. Thus, the thermodynamic advantage of adding more
steam can only be attained at a lower space velocity. The
model can be extended to describe multicomponent fuels such
as natural gas and naphtha.
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Notation
asspecific surface area of catalyst, m2rm3

c sconcentration of component, i, molrm3
i

E sactivation energy of reaction i, JrmolA
H senthalpy of component i, Jrmoli

Ž 2 .k spre-exponential kinetic number, molrm �Pa�s0
Ž .K sequilibrium constant of reaction i either WGS or MSRi

L�sdimensionless axial reactor coordinate
p spartial pressure of component i, Pai
Psabsolute pressure, Pa

P�s reference pressures1.013�105 Pa
P sperimeter of the reactor, mR

Q sheat loss in oxidation section, Wox
Ž .Rsgas constants8.3144 Jrmol�K

Ž 3 .R sreaction rate of reaction i, molrm �si
Sscross-sectional surface area of reactor, m2

Ž .S sentropy of component i, Jrmol�Ki
ts time, s

Ts temperature, K
T s inlet temperature, K0

T�s temperature outside of reactor, K
UTs fuel utilization ratio

Ž 2 .Useffective heat transfer coefficient, Wrm �K
Vsreactor volume, m3

x smole fraction of component i, molrmoli
zsreactor coordinate in axial direction, m

Greek letters
Ž .�soxygen-to-carbon ratio of inlet flow s� �O2,0r CH4,0
Ž .�ssteam-to-carbon ratio of inlet flow s� r�H2O,0 CH4,0

Ž .�smethane conversion at the end of reforming section
�sU� P �VrS, WrKR

Ž .
sa� k �V, molrPa � s0
	 sstoichiometric constant of reactant ii
� smole flows of component i, molrsi

� s inlet mole flows of component i, molrsi,0
� s total mole flow, molrstot

� smole flow of component i at the intersection of oxidationi,top
and reforming section, molrs

Ž .�sfraction of oxygen in air s0.2095
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Appendix A
ŽEnthalpy H and entropy S are expressed as Daubert andi i

.Danner, 1985

c ci i
H sH qa TyT qb c coth ycothŽ .i 0, i i 0 i i ž /T T0

e ei iyd e tanh ytanhi i ž /T T0

ci
sinhT c c c c ž /i i i i TS sS qa ln qb coth y coth ylni 0, i i i cT T T T T i0 0 0� 0sinh ž /T0

ei
coshe e e e ž /i i i i Tyd tanh y tanh ylni eT T T T i0 0� 0cosh ž /T0

with T s298.15 K and coths1rtanh. The values for a � e0 i i
are summarized in Table A1.
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